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Optimal operation of chemical reactors of high thermal sensitivity is a central engineering problem of very
high current interest. One elegant alternative to choose the optimal setpoint when at least two contrary
(opposite) objectives are considered is based on the so-called Pareto-optimal front technique. This paper
exemplifies how to generate Pareto optimal operating policies when reactor productivity and safety objectives
(expressed in probabilistic terms) are simultaneously considered in the presence of technological constraints,
uncertainty in safety boundaries, and random fluctuations in control variables. Beside the operating control
variables, one important design variable is the reactor pipe diameter because it is directly related to the
reaction heat removal. This paper exemplifies the influence of this design variable on the setpoint choice
when applying the Pareto-optimal front method with computing the runaway-boundaries by using the
generalized sensitivity criterion of Morbidelli and Varma (MV-criterion). An example is provided for an industrial
fixed-bed tubular reactor used for the catalytic oxidation of benzene to maleic anhydride (MA) in vapour

phase.
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Setting the optimal operating conditions to fully satisfy
the safety requirements for a catalytic chemical reactor of
high thermal sensitivity is one of the major engineering
challenging problems. The ability of handling highly
exothermic reactions in the presence of parametric
uncertainty has a high impact on defining the optimal
operating conditions of the chemical reactors [1]. In the
case of a multi-tubular catalytic reactor (fig. 1-left), the
set-point choice of the operating parameters that control
the process, that is the control variables, such as: inlet
pressure (p0), and temperature (To), inlet gas composition
(Y i =molar fractions of the jchemical species; the most
important in the approached case study being the benzene
inlet molar fractionyy, ), the cooling agent temperature (Ta),
etc., is a multi-objective optimization problem to be solved
for each case study [2-6].

An elegant option to choose the operating setpoint based
on the multi-objective optimization of the chemical reactor
is to get the set of Pareto optimal operating policies, also
called Pareto-front for the case of two adverse (opposite)
objectives. A Pareto solution is one where any
improvement in one objective can only take place at the
cost of the other objective.
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Such a Pareto-front was generated in the approached
reactor case study (i.e. the industrial fixed-bed tubular
reactor, of high thermal sensitivity, used for the catalytic
oxidation of benzene to maleic anhydride in vapour phase)
by [6] for the nominal running conditions of table 3, and a
multi-tubular fixed-bed reactor of 24mm pipe diameter.
The obtained Pareto-front of figure 2-left reveal that, for
continuous variable models, infinity of Pareto-optimal
solutions can exist, and the final solution choice is
subjective and case-dependent [2]. Also, the runaway risk
is exponentially increasing with the reactor productivity.
This is why, Muscalu & Maria [6] recommended to choose
the setpoint at the Pareto-curve lowest break-point (that is
point 1inthe fig. 2). Thus, the optimal values of the control
variables (u) are kept far away from the runaway
boundaries ug(¢) [index ¢ denotes the critical value, that
is the runaway boundary; f = operating parameters], but

also from their confidence region u.(g)+ Tu, in order to

geta prudent operation of this very sensitive tubular reactor
(s denotes the standard deviation). The correct choice of
the setpoint is also confirmed by also inspecting its location
in the parametric space (fig. 1-right).

Runaway boundaries in parametric plane

NC

Fig.1. (left) The multi-tubular catalytic
reactor schemes. (right) Location of several
optimal-Pareto set-points of figure 2 in the
parametric [inlet temperature vs. inlet
pressure] plane for the benzene oxidation
tubular reactor of 24 mm reactor pipe
diameter (adapted from [6] ); NC= nominal
operating conditions
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Fig. 2. Ine Pareto-optimal tront of the optimal operating policies of the benzene oxidation tubular reactor ot 24 mm reactor pipe diameter
(left; adapted from [6] ), and for those of 30 mm pipe diameter (right)

Beside the mentioned operating control variables, vector
= [T, Py Ygor T, ONE important design variable is the
reactor plpe diaméter (denoted by dtand determining the
reactor pipe cross-section in the reactor model of table 2)
because it is directly related to the reaction heat removal.
This paper exemplifies the influence of this design variable
on the setpoint choice when applying the Pareto-optimal
front method [6] with computing the runaway-boundaries
(fig. 1-right) by using the generalized sensitivity criterion of
Morbidelli and Varma [1].

By using the methodology of Dan and Maria [2], this
paper is aiming at comparing the setpoints for two
alternatives of the reactor pipe diameter (24mm and
30mm). The setpoints have been selected using the Pareto-
optimal front methodology. The Pareto-optimal operating
policies are generated for the highly sensitive approached
multi-tubular catalytic chemical reactor (fig. 1-left), by
simultaneously considering the reactor productivity and
safety objectives (expressed in probabilistic terms), in the
presence of technological constraints, uncertainty in safety
boundaries, and random fluctuations in the mentioned
control variables. The example refers to the industrial fixed-
bed tubular reactor analyzed by Muscalu and Maria [3-6]
for the catalytic oxidation of benzene to maleic anhydride
invapour phase, by using a complex process kinetic model
from literature. This paper proves the validity of the Muscalu
& Maria [6] concept of choosing the operating setpoint at
the lowest break- pointin the Pareto-front (fig. 2-left).

Benzene oxidation - process kinetic model and reactor
model

The multi-tubular reactor (heat exchanger type, fig. 1-
left) for benzene oxidation to maleic anhydride includes
the catalytic fixed bed inside pipes of small diameters
(below 3-4 cm), which are continuously cooled by a good
circulation of a molten salt cooling liquid in which the pipes
are immersed [7].

The reaction temperature is kept under a permissible
limit (450 °C) by quickly dissipating the heat of reaction
through reactor inter-tubular space where the cooling liquid

is vigorously recirculated. The benzene/air mixture (in a
concentration below the lower explosion limit, of 1.5%vol.)
is fed into the reactor at approx. 385 °C where the oxidation
to maleic anhydride takes place (see the reactor nominal
operating conditions in the table 3). The catalyst used for
the reaction is a mixture of vanadium/chrome oxides on a
silica bed [8]. The oxidation reaction is complex, with
successive and parallel reactions [4,8], involving a relatively
large number of intermediate products. Fora more accurate
representation of the industrial reactor behaviour, an
extended kinetic model of the process was adopted, by
accounting for the reactions R1-R9 presented in the table
1 with the reaction enthalpies evaluated using Aspen Hysys
software.

For a relatively quick reactor operation optimization, a
simplified mathematical model of the reactor was used
by considering a pseudo-homogeneous, and one-
dimensional plug-flow reactor hypotheses. The model
main equations are presented in the table 2 in terms of
species mass, heat and momentum balances. The
Arrhenius type rate constants are given by Muscalu and
Maria [6].

An important characteristic of the reactor represents its
high thermal sensitivity and associated operating risk. This
is one of the reasons why employing a tight control of the
operating parameters is required. This procedure needs to
include the suitable choice of the control variable (u)
setpoint, that is the reactor inlet conditions (i.e. inlet
temperature u. = T, inlet benzene concentration u =
T =Y, @Nd ml'etpressureu =p, ), aswell as the choice of
the stiltable cooling agent temperature u=T, in order to
avoid the proximity of critical conditions u. Ieadlng to the
process runaway. In order to do this, asophlstlcated reactor
control is usually implemented. Another aspect that needs
to be considered during the reactor optimization is the
impossibility to recover the benzene in an economically
way, leading to impose some technological constraints
during the process optimization (table 3). The reactor
nominal operating conditions are presented in the table 3.

Table 1
THE REACTION SCHEME OF 9 REACTIONS (R1-R9) FOR THE BENZENE OXIDATION PROCESS BY USING A VANADIUM/CHROME
OXIDE ON A SILICA SUPPORT CATALYST [8]. THE ARRHENIUS RATE CONSTANTS, AND REACTION ENTHALPIES ARE GIVEN BY [6].

(R1) CgHg + 103 s CoHs0H

(R6) CgH 0 +307— B3 €4 HA03 +2€03 + B30

(R2) CHs + 3407 — 25 CoHaln + HyO

(R7) CyHr05+30; —L34C0; + HaO

(R3) CgHg +94 0y — 2 C4Hi05 +2C0y + 2H,0

(R8) C,H.0H +40, —5C,H,0, +2C0, + 2H,0

(R4) CgHg +1340,— 4560, +3H30

(R9) CxHsOH +70; —2—36C0, +3H,0

(RS) CuH50H + 0y —23CeH 401+ HaO
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Table 2
DIFFERENTIAL BALANCE EQUATIONS OF THE FIXED BED MULTI-TUBULAR REACTOR MODEL USED TO SIMULATE THE BENZENE
OXIDATION TO MALEIC ANHYDRIDE PROCESS. THE AUXILIARY RELATIONSHIPS ARE GIVEN BY [6]. NOTATIONS: B = BENZENE,
F = PHENOL, Q = QUINONE, AM = MALEIC ANHYDRIDE. THE PSEUDO-HOMOGENEOUS ONE-DIMENSIONAL
MODEL HYPOTHESES ARE GIVEN BY [6]

Mass balance [index j denotes species):

.:iDMJ_ .
= =—?;rj-1»pJ-.S’_
| dD
¥ = g V. ¥ L iu"r. g
Pym B R R T RseS VR
YRi=Wifsc |
Vr =|!'- =.I;:F_pj J

Inlet conditions (atz = 0,index"0"): ¥; =¥;0.T =T, P= B, (from Table 3).
i = chemical reaction index {R1-R9); j = species index (B, F, Q, AM)

D-"rf - molar flow rate of /" species, kmol/s;
T
5 - cross-sectional area of the pipe; m?
lumetri ifi ti te of species " fanol
Vy - volumetric specific reaction rate of species ,f', ————
P.J -5 -atm
_ _ . N
Vpi© volumetric specific reaction rate of reaction ', —/—
d -5 -amm
_ . . fonol _
Vp ; -mass specific reaction rate of reaction .i", ————— (pseudo first-order reaction);
: kg, -s-atm
k
P - density of the catalytic bed, #
mre.rbr

a2, = {:1 —E} "G:ﬂ 2, - density of cazalyst partide, ﬂgfﬂ : £ - void fraction:

at

V:‘,J-' - stoichiometric costficient of spedes J° in reaction .0
P ; - the partial pressure of species.", atm; V; = molzr fractions of ckemical species
", - the total effectvenese factor of the catalyst particle
fanol
kg, -s-amm '
k= kﬁ -exp(—E_ [ RT} [values of [6]]; R - universal gas constant

JE.','E- - pseudc-order - kinstic constant of reaction .

T - — _
Hea:balancz: 47 ,E*l!-__MIR_J' Prifsed—Erme (T ~Ta)
==

I - gas temperature, K: £ - reactor length, m; f—&HR_EJ - heatof reaction ., &/ fomnod;

i

W
K ; - overal heat transfer coefficient, ——: @, - pipe diameter, m;

s

T, - cooling agent temperature, i L3, . - mass flow rate of the feed mixture, kg /5

€ - average mixture specific heat

B
Momentumbalance: & — -f 'I i | v _ __flrﬁ i £ friction ceefficient [12]:
& Vs Jo.d d
\ F ¥
[1- - Ee
.1____“’[1_?j+134}' "']_ : 2 <500 @ /d -2
=4 ‘ % wF :z=1}_35+1}_1}?3|:1——_" £ |=hedvoid fr.
. WL id, /"
(1-2) o Re, _ F
,6.5‘_,’_3.3;*._ == 500
L i 1-=
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Re, = ﬂ - Reyvnelds numbrer for Qow through the calalylic bed,
E .

I ;= Pertial pressure of species .j*; P = overall pressure: L - gas viscosity, Pa-s5 .

ar - catalyst particle diameter. m: & - gas flow velocity. m /

g

The model hypotheses:

Molten zalt bath temperature (cooling sgent] is considered of uniform characteristics:

The heat transfer ccefficient is considered to be uniform along the pipe length.
For temperatures below 400 °C radiation heat transter was 1'|eglected

The approximate value of F;.- at the fead conditlons 1s E =1194
m‘E

f A
Transpeort resistance inside the pardcle iz represented by overall efectivensss factor: n _i 1 _L |
>, HE,)

Thiele medualus, & ;

d [ 1-=# ,
- 7 e TTRTID,
6 -1 ;

Elfective dilluzion cosMcienl evalualed bzsed oo the wolecule dilusion coellident of bepzese oo oairn

is evaluated for a pseudo- first order kinetics for largs air/ Benzene inlet ratics [13]:

D .=zDy calculated using the relationshops of |8); £ = tixed-bed void fraction; d}‘ = Catalyst particle
&

diameter; [), = molecule difusion coefficient of benzene in zir; T = tortuosity; X, = Pseudo-order 1 kinetic
constant of reaction "

Ideal plug-flow reactor hypothesis have been appled with concentration, temperature and pressure gradients only

in the axial flow dircetion, 3¢ ¢ T p ) CR, =05 __,F = spceics concentrationa; RI = pipc madius; L= pipe length.

Axial dispersion coetticientis nzglected, I)> =0 |becausz L/ &} > 2U)

inter-granular transport resistances are neglected.

Isothermal spherical catalyst particles, &'y, /G p = U ; Uniform catalyst particles of an average diameter o ;

Table 3
THE CHARACTERISTICS AND THE NOMINAL OPERATING CONDITIONS OF THE FIXED-BED CATALYTIC
REACTOR FOR BENZENE OXIDATION, ACCORDING TO [4,6]

Catalyst composition= V-Cr/support

Tortuosity, . _ 5 g1

Catalyst density (bulk), 2, =1260 kg/m’

Pipe inner diameter (6000 pipes);
d ;= 24mm [8], or 30mm (this paper)

Catalyst avg. diameter, arp =5 mm

Reactor pipe thickness, 52- =2 mm

Catalyst porosity, £ =0.48

Reactorlength, L=4m

Fixed-bed void fraction, 0.48

Gas velocity(void pipe 24mm), 1 , = 1.68 m/s

Fed Benzene flow-rate (per reactor pipe) FB.D =0.1kg/h
Dperating conditions and technological constraints: Minimum Nominal Mazximum
Inlet total pressure (Po, atm) 1.6 3 4
Inlet gas temperature (To, °C) 305 385 405
Benzene inlet molar fraction (yB.o) 0.007 0.014 0.018
Cooling agent average temperature [*C) 300 380 400
Derivation of the Pareto-optimal front for the benzene  parameter | or the runaway boundaries of the

oxidation reactor

To derive the Pareto-optimal front of the benzene
oxidation reactor, several computational steps should be
followed.

The first computational step consists in model-based
evaluation of the reactor sensitivity functions
and the runaway boundaries of the operating

arg \-Tax

control parameters uj . This is performed by using the so-
called the generalized sensitivity criterion MV. This criterion
associates the critical operating conditions with the
maximum of sensitivity of the hot spot (T,ax —To) in the
reactor, evaluated over the reactor length, in respect to a
certain operating or control parameter u, @.In other words,
crltrcal value of a parameter or corresponds to:

@

3
@j:c = argll Max o, ,or qzij-
S(Imax: 437_;) ((33'_; max)S(Tmax 437_;) (@j max)(ormax oqu) or
Uie —arg. \-Taxu S|Tmax jf |, with S(Tpaxiu ) (u

REV.CHIM.(Bucharest)® obye |\|o 8 @ 2UL8

ax)5(Tmax “j)

nup JIWWWV.TEVISLEGUECTIHTTIE.TO 2015



[where: $(Tyax: @), =5y ax'ﬁ?j)@; IT" is the relative
sensitivity function of maximum temperature T__ in the
reactor pipe vs. parameter @= operating parameter or

control variable u;; ™' = nomlnal operating conditions (set

point) in the parameter space; z = reactor length; index z
denotes the dependence on the reactor length].
According to the MV criterion, critical conditions induce
a sharp peak of the normalized sensitivity Sf T, ;@) or
S(Tmax ;%) evaluated over the reactor length and over a
wide ranaeof . or u, The sensitivity functions
s(x:0;)=(ex/8¢;) of the state variables x; (including the
reactor tempera{ure overall pressure, species partial
pressures) with respect to the operating parameters @
(feed composition, cooling agent temperature, etc.), or
with respect to the control variables U, (inlet temperature,
pressure, cooling agent temperature, species inlet molar
fractions) can be evaluated by using the so-called ‘sensitivity
equation’ solved simultaneously with the reactor model
[3-6]. A worthy alternative, also used in the present study,
is the application of the numerical finite difference method,
which implements certain differentiation scheme (of
various precision and complexity) to estimate the

derivatives of s(x:@)z, or s(xiu)=éx/éu;, or at

various reactor lengths z. Such a resulted critical curve is
displayed in the figure 1-right in terms of (critical inlet
temperature vs. inlet pressure),i.e. T, =f(p,).

The MV generalized senzitivity criterion is proved to be
very effective and generally applicable irrespectively of the
reactor type or process [2,9]. The only limitation (due to
results poor precision) is reported for supercritical operating
conditions, corresponding to the so-called Quick onset,
Fair conversion and Smooth temperature profile (QFS),
characterized by a high level but quite flat temperature-
over-reactor length-profile, and small sensitivities of state
variable vs. operating conditions [10]. Such regions can be
of economic interest rather for semi-batch operated
reactors, but not for highly sensitive fixed-bed tubular
reactors. It is also to underline that the MV criterion was
applied in the so-called HSO operation region
(corresponding to a Hot-Spot of the temperature axial
profile in the tubular reactor), more interesting
economically.

In the second computational step, the derived runaway
boundaries (i.e. u =f(u,q), the critical surfaces in the
parametric space “of the considered control variables
u=[T_.In(y,,).p,] are correlated with simple algebraic
functions 10 fadilitate further reactor optimization rule.
These correlations, derived by Muscalu & Maria [5] are the
following:

Toc =B +By X po +13 X ¥go +by X Ty +bs X yh _+b6xIZ; @

2 : . ©)
0% =y(8T,  186;)- 0% with ¢=[p,.Vgs.T

Tpe .:},| o.c’ f;}jltﬁ) Qj #=[05.Y55-Tz]

. 2 2 Q)
n(y,. )= atay X po+ a3 xIp +ag xIg +asxIy +agxIg

2

2 i ras 2 (5)

CT_:L-'BG:C _Z_lra}Bo:c eg; "|E’ g@j with  ¢=[p,.T.T]
J
2 (6)

Poe=0 +oyxl, +c3 x¥p, +cy xT, —cij —cf,XLB +op Ty

2 : (7)

- =Z|\ EPo.c | O0; |§ =)

i
J

FPorc

where @ = nominal value of the distributed parameter
vector; ‘" denotes the estimated value by using the
algebraic regression model). The vectors of the correlation
coefficients (a, b and cin Eqns. 1, 3, and 5) have been
estimated by means of nonlinear regression by using the
precisely calculated runaway limits with the MV-criterion.
The values of the [(a, b, ¢ ] coefficients are given by
Muscalu & Maria [5], being not presented here. The variance
s?,,.of the control variable safety limits u, (¢) are obtained
by’ usrng the well-known error- propagatron formula [2]:

2

=

ol =% (ouc/39;)_

e K 5?)
with known parameter/control variable random dispersions
[0'9 ). Such a runaway limit curve (solid-line) and its
confidence band (dash-line) for parametric deviations .+
O is presented in the figure 1-right for random deviations
of 6T = 10K, and 3p_= 0.2 atm.

Frnally, to get the Pareto- -optimal front of the reactor
operation, two optimization objectives have been
formulated:

i)an economic objective, expressed by maximization
of the output maleic anhydride (MA) molar flow rate, G,
(at the reactor length L). To be further compared with the
probabilistic safety objective, the chosen G,,, objective was

2
Q )i N ®)

2016 http://www.revistadechimie.ro

with ¢=[T.y_,.T.]

normalized by division to its nominal value G,,= 6.95 x
10* kmol/h (per reactor pipe, at the nominal conditions of
table 3).

i)A safety objective, expressed by the minimum risk in
operation, implemented under the definition of Dan & Maria
[2], Maria & Dan [9], in the form of a combined failure
probability P, index (including parametric and safety limit
uncertalnty) P is a stochastic term with values in the
range of [0-1]. The failure probability index is derived based
on the assumption of a parametric and safety limit
uncertainty, and has two components which represent a
formulation of the probability of the reactor runaway.

f = ‘Pﬂ + ‘Pf 7. (9)
The probability P, expresses the chance that the chosen
control variables WI|| overpass the runaway boundaries
LR e (@)~ \(H_} C: g

the safe operation I|m|ts. For the normally distributed
runaway boundaries, the index reflects the probability that:

u@)zu; @tou; (6.59), (10)

P, results by summrng Py over all jcontrol variables.
"The runaway probabllrty P, appears as aresult of random

fluctuations in the control variables and/or operating

parameters, thus determining the running point to enter in

.Jas a result of the uncertainty in
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the risky runaway limit confidence region. In other words,
by considering normally distributed variables

¥
uj~Nuj;.o, j) , this risk index reflects the probability that:

u; @O =TAALSu (0.5 9)

[see [2,3,9] for computational details].

The combined failure probability index (9) represents a
synthetic quantitative measure of some operating risks,
very useful for multi-objective reactor operation
optimization that accounts for various sources of solution
uncertainty.

Atthis point, the Pareto-optimal operation set points are
obtained by formulating the following optimization
problem, accounting for the concomitant maximization of
the reactor productivity and minimization of the failure
probability (including parametric and safety limit
uncertainty), as a stochastic term:

[, 4;3] =arg Brfax[Gi{‘ 4 (Ly/ GM‘ 47 (L) ~ arg Min [Max P f]

(12)
with the fulfilment of some supplementary imposed
technological constraints (of nonlinear inequalities, g. < 0
general form), mentioned in the table 3, that is: inlet
benzene concentration below the low explosion and
flammability limits (0.007 and 0.018 molar fr.); lower and
upper limits for the cooling agent temperature(300, and
400°C), and reactor inlet gas temperature (305, and 405
°C); lower limits for benzene conversion (90%) and maleic
anhydride yield (25%); and a maximum level for the hot-
spot in the reactor (600 °C); maximum limit of pressure
drop (2.8 atm).

11

Compare the Pareto-optimal fronts for two design
alternatives of the benzene oxidation reactor

The optimization problem (12), have been solved by
using a genetic algorithm (the routine GAMULTIOBJ)
implemented in Matlab™ [15]. Application of this algorithm
leads to obtaining the Pareto optimal fronts displayed in
the figure 2, under the nominal conditions and constraints
of table 3, but in two constructive alternatives: reactor pipes
of 24mm (fig. 2-left), and 30mm (fig. 2-right). An
examination of the plotted results of fig. 2 leads to the
following conclusions.

i)When two antagonist optimization criteria are used,
infinity of Pareto-optimal operating solutions can be found
for the benzene oxidation tubular reactor, each point of
these curves corresponding to a certain operating
parameter/control variable vector [T ,P_,y, , T ].

1 Parsta front

ag 10

i 24 mm pipe

5}
E" i
£
E "W/
£
B
[~ 9

4 Break Point A

I Mear nominal, 9

Mo Bisk Broak Point
137 1338 133 1335 13 1345 138 1388 136

MA productivity (divided by its nominal value)

if)For a better interpretation of the Pareto front results,
the location of the corresponding solution in the parametric
space should be simultaneously investigated. This
procedure allows detecting the set-points falling in the
safety region, without crossing the confidence band of the
safety limits (as the case of the set points N, 1, 2 of the
Pareto-front 24mm of figure 2-up, also displayed in the
parametric plane of fig. 1-right).

iii)For the 24mm reactor pipe alternative, it is to observe
that the set-point 1 (the lowest curve break-point)
corresponding to a relative maleic anhydride productivity
of 1.34 vs. the nominal one (1.00), can be chosen as the
setpoint, with a Pf = 10* being placed in the safety
operating region of figure 1-right. Also, in the figure 1 (up-
left). It is also to observe that the nominal operating
conditions N, close to the nominal anhydride productivity
(i.e. 100% in relative terms), and with no risk (Pf = 0) can
be chosen anywhere on the Pareto-curve left the point 1.

iv)By contrast, for the same the 24mm reactor pipe
alternative, the upper break-point setpoint 2 corresponding
to a relative maleic anhydride productivity of 1.35,
corresponds to an unsafe operation (of Pf = 0.003), the
random fluctuations of this running point crossing the
confidence region of the safety limit (fig. 1-right).

v)In the both constructive alternatives, as expected, the
failure probability index presents an exponentially-like
increase with the maleic anhydride productivity.
Consequently, the operating solution selection by only using
the Pareto-front plot without considering its location in the
parametric space is difficult. This is why, Maria & Dan
[2,9,14] recommended to chose the setpoint candidate as
being the lowest break-point of Pareto-optimal curve.

vi)lt is to observe that the exponentially-like increase of
the Pareto-optimal curve P=fct. (productivity) is much
more pronounced in the 30mm pipe alternative (fig.2-right)
compared to the 24mm pipe alternative (fig..2-left). Such
aresult can be explained by the higher runaway risk caused
by a worse radial heat transfer in thick pipes.

vii)The optimal setpoint involves to keep the control
variable values far away from the runaway boundaries

uc (@) , butalso from their confidence region #c(#) £ &,,_in

order to get a prudent operation of this very sensitive tubular
reactor. So, in the 30mm pipe alternative, the 1 setpoint is
the right choice, as being the lowest break-point of the
Pareto-optimal curve (fig. 2- right), which satisfy all process
constraints, and do not cross the runaway boundaries and
their confidence region (not presented here).

viii)The tolerated depends of the process and reactor
characteristics, and of the process constraints. For the

20 = 107 Pareto front
& 15" 30 mm pipe
£
3
Rl
g
- Break Point
3 4 2
£ 1
::n;in::mnal. Break Point

oy . . . .
13 1.35 1.4 1.45
MA productivity [divided by its nominal valua)

1.5

Fig. 2. The Pareto-optimal front of the optimal operating policies of the benzene oxidation tubular reactor of 24 mm reactor pipe diameter
(left; adapted from [6] ), and for those of 30 mm pipe diameter (right)
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studied process and reactor case, the safety operation limit
seems to correspond to a failure probability lower than 2%
in the 24mm pipe alternative, and of less that 1% in the
30mm pipe alternative.

iX) The operating alternatives can be drastically reduced
if a supplementary criterion is considered during
optimization (of economic or environmental nature, e.g.
costs of the accident consequences using simulated failure
scenarios; [7,11] ).

Conclusions

Choosing a multi-objective optimal operating policy for
a thermally sensitive chemical reactor is a difficult task.
Although different optimization methods can be applied in
order to determine the problem solution, the final decision
also depends on subjective priorities, and on the parametric
/ model uncertainty level.

The applied model-based methodology of Maria & Dan
[2,9] allows obtaining Pareto-optimal operating solutions
for the studied tubular reactor that account for both an
economic objective, but also for a safety one, expressed in
a probabilistic risk index. The procedure, even if
computationally intensive, was proved to be simple and
robust, being easily implementable on a common
compulter.

The study also proves that the Pareto-optimal technique
is as more valuable as the reactor sensitivity is higher, due
to thicker reactor pipes in the present case study.

The selected multi-objective operating solution of the
reactor (the so-called Pareto front) is in fact a trade-off
between opposite economic (reactor productivity) and
safety criteria, but also accounting for the technological
constraints, the safety boundary uncertainty, and for the
random fluctuations in the control variables. As a
conclusion, the recommended optimal operation must be
rather focus on more prudent operating conditions,
searching for set-points where the parameter disturbances
do not lead to crossing the confidence region of the safety
limits for all the control and operating variables, while
keeping a reasonable small runaway probability (below
0.3-1 % in the studied case).

The right choice of the tolerable safety limit of the failure
probability P.in the reactor design/operation calculus
depends, as proved by Dan and Maria (2012), on the reactor
type/characteristics, process hazard, and of the magnitude
of consequences of a reactor runaway [11]. For instance,
this limit is of 3-4 % for a tubular catalytic reactor used for
butane oxidation [2], of 0.5-2% for the same tubular
catalytic reactor but used for benzene oxidation (this study),
or of 3-6 % for a semi-batch reactor used for the catalytic
acetoacetylation of pyrrole with diketene in homogeneous
liquid phase [2]. Consequently, the study suggests a holistic
approach of the reactor safety operation, when deciding
what is the acceptable trade-off safety-productivity
(economic benefit) eventually by accounting for the costs
of possible runaway scenario consequences.

2018 http://www.revistadechimie.ro
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